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CHAPTER 1  

INTRODUCTION 

 Diminishing petroleum resources combined with concerns about global warming 

and dependence on fossil fuels are leading our society to search for renewable sources of 

energy [1]. In this respect, plant biomass is the only current sustainable source of organic 

carbon, and biofuels, fuels derived from plant biomass, are the only renewable source of 

liquid fuels [2-3]. However, lignocellulosic biomass is not widely used as a liquid fuel 

feedstock because the economical processes for its conversion have yet to be developed 

[4]. Lignocellulosic biomass is primarily composed of three polymeric components: 

cellulose, hemicellulose, and lignin [3]. Cellulose and hemicelluloses are polysaccharide 

composed of glucose and C5 sugar monomers (e.g. xylose), while lignin is a complex 

network of different phenyl propane units(p-coumaryl alcohol, coniferyl alcohol, and 

sinapyl alcohol). Thus, the first step in any biomass to fuels conversion process is 

deconstruction of the solid lignocellulosic material into reactive intermediates that can be 

used as building blocks for fuels and chemicals. There are two major pathways to 

deconstruct lignocellulosic biomass: low temperature hydrolysis and high temperature 

thermal deconstruction.  Hydrolysis-based pathways involve depolymerization of sugar 

polymers using either acids or enzymes, with the products from hydrolysis being sugar 

monomer solutions that can be fermented either to alcohols [5] or converted into alkanes or 

alcohols by liquid phase processing [6]. Thermal depolymerization of biomass can be 

achieved by fast pyrolysis. Typically, fast pyrolysis consists of rapidly heating biomass 

(>500°C s
-1

) to intermediate temperatures (400—600°C) forming pyrolysis vapors. These 
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pyrolysis vapors can then be cooled to form a liquid fuel called a bio-oil or pyrolysis oil 

[7]. The other products obtained from fast pyrolysis of biomass are undesired char (solid 

products) and non-condensable gases (e.g. carbon dioxide). It is well known that high 

heating rates and short residence times are required to maximize the yield of pyrolysis oils 

[8-10]. Bio-oil is a complex mixture of more than 300 compounds resulting from thermal 

degradation of different biomass building blocks. The bio-oil can be directly used for low 

grade fuels or catalytically upgraded to gasoline and diesel range fuels. In this thesis we 

will estimate which pathway between hydrolysis and pyrolysis gives a maximum amount 

of fuel precursors (Chapter 3). Moreover, we will show how hydrolysis and pyrolysis 

could be combined as an integrated process to maximize the utility of carbon in biomass. 

This analysis will help us in developing cost-effective biomass conversion processes by 

determining the optimal pathway of biomass deconstruction. 

 Fast pyrolysis of biomass has been receiving much attention due to its simplicity 

and low process cost [7]. The current challenge in using pyrolysis oils is to develop 

economical processes for upgrading pyrolysis oil into marketable products not now 

commercially available [11]. The difficulties of bio-oil upgrading arise from the complex 

chemical composition of bio-oil which consists of various chemical functionalities such as 

ketones, aldehydes, acid, furanic derivatives, phenolics, and sugars. Several approaches 

have been studies to convert bio-oil to transportation fuels including hydrotreating [12-13], 

aqueous phase processing [14-15], and catalytic cracking with zeolite catalysts [16-22]. 

Elliott and co-workers[12-13] developed a two-step hydrotreating process in which an 

initial low temperature catalytic treatment at 270°C and 13.8 MPa for stabilizing bio-oil is 

followed by a high temperature hydrotreating at 400°C  and 13.8 MPa for production of 
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gasoline range fuels. The conventional hydrotreating catalyst, suldified Co-Mo supported 

on alumina, was used for both steps. Using this process, they were able to convert to 40% 

of the original bio-oil into completely deoxygenated products. Vispute et al. [14-15] 

developed an aqueous phase processing that can convert bio-oil into alkanes and hydrogen. 

Using this method, aqueous fraction of bio-oil is first hydrogenated with Ru/C catalyst at 

125-175°C and 68.9 bar and undergoes aqueous phase dehydration/hydrogenation 

(APD/H) with Pt/SiO2-Al2O3 catalyst at 260°C and 51.7 bar to produce hydrogen and 

alkanes. Up to 97% selectivity of alkanes is obtained when hydrogen and HCl are added to 

the reactor. The main drawbacks to hydrotreating and aqueous phase processing are high 

hydrogen consumption and severe operating conditions. In contrast, upgrading of bio-oil 

can be achieved without hydrogen and at atmospheric pressure using zeolite catalysts. 

Bakhshi and co-workers[23] converted maple wood-derived bio-oil to aromatic 

hydrocarbons of 27.9 wt% of bio-oil feed at a temperature of 290-410°C using HZSM-5 

catalyst. However, severe catalyst coking of up to 30 – 40 wt% of the bio-oil was 

observed. Gayubo et al. [21] developed a two-step process in which the first step involves 

thermal treatment of the bio-oil at 400°C to remove thermally unstable coke precursors. 

The second step involves catalytic reactions of thermally treated bio-oil with HZSM-5 

catalyst. This method can attenuate the deactivation of the HZSM-5 catalyst and increase 

the catalyst lifetime. 

 As an another approach, zeolite catalysts can be added to a pyrolysis reactor to 

convert the pyrolysis vapors directly into aromatic hydrocarbons in a process called 

catalytic fast pyrolysis (CFP) [24-27]. Catalytic fast pyrolysis (CFP) is a promising 

technology for production of gasoline range aromatics (up to 30% carbon) including 
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benzene, toluene, and xylenes (BTX) directly from raw solid biomass. In this single step 

process, biomass, including wood, agricultural wastes or fast growing energy crops, is fed 

into a fluidized-bed reactor containing zeolite catalysts, where the biomass first thermally 

decomposes to form pyrolysis vapors. These pyrolysis vapors then enter the zeolite 

catalysts and are converted into the desired aromatics and olefins along with CO, CO2, 

H2O, and coke. The spent catalyst and coke are then sent to a regenerator where they are 

burned to provide process heat. The advantage of CFP is that pyrolysis and catalysis occurs 

in a single reactor with short residence times which greatly reduces process cost. 

 The focus of this thesis is to study the chemistry, catalyst design, and process 

development of catalytic fast pyrolysis. The major challenge with CFP process is 

controlling the complicated homogeneous and heterogeneous chemistry. Several 

researchers have studied the chemistry both for pyrolysis of biomass and conversion of 

pyrolysis vapors into aromatics over zeolite catalysts, respectively [28-30]. Lin et al. [28] 

suggested a reaction pathway for pyrolysis of cellulose. The first step in this pathway is the 

depolymerization of solid cellulose to form levoglucosan (LGA). Then, LGA can undergo 

dehydration and isomerization reactions to form other anhydrosugars including 

levoglucosenone (LGO), 1,4:3,6-dianhydro-β-d-glucopyranose (DGP) and 1,6-anhydro-β-

d-glucofuranose (AGF). The anhydrosugars can react further to form furans such as 

furfural and hydroxymethylfurfural (HMF) by dehydration reactions, or hydroxyacetone, 

glycolaldehyde, and glyceraldehyde by fragmentation and retroaldol condensation 

reactions. Char is formed from polymerization of the pyrolysis products. Cheng et al. [29] 

studied the chemistry of furan conversion into aromatics with HZSM-5. They identified a 

key reaction mechanism for aromatic formation in which furan molecules are converted to 
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intermediate species such as allene by decarbonylation and benzofuran by Diels-Alder 

condensation, and aromatics are produced via alkylation, cyclization, and reactions 

between olefins and furan. In this thesis we will study the combined homogeneous and 

heterogeneous chemistry of CFP of glucose with HZSM-5 catalyst (Chapter 4). We will 

propose the reaction pathway of glucose conversion into aromatics. This study ultimately 

will help us control the undesired coke formation reaction.  

 Zeolite catalysts play a critical role in aromatic production from CFP of biomass. 

Several researchers have studied catalytic pyrolysis of biomass using zeolite catalysts [26, 

31-37] . The earliest work was reported by Chen et al. in 1980s [31]. They first showed 

that glucose, xylose, starch, and sucrose could be converted to aromatic hydrocarbons over 

HZSM-4 with low yields of 8-18wt% of biomass feed. Since then, several studies have 

been performed using various zeolite catalysts for catalytic pyrolysis of biomass. Pattiya et 

al. [33] tested HZSM-5 and several mesoporous (Al-MCM-41, Al-MSU-F, alumina-

stabilized ceria MI-575) catalysts for the catalytic pyrolysis of cassava rhizome in a 

pyroprobe GC/MS system. All catalysts produced aromatic hydrocarbons and also 

improved the resulting bio-oil quality. They reported that HZSM-5 (Si/Al=50) yielded the 

most aromatic hydrocarbons. Mihalcik et al. [36] tested several zeolite catalysts, including 

H-Mordenite, HZSM-5, H-Y, H-Beta, and H-Ferrierite for catalytic pyrolysis of various 

biomass feedstocks (oak, corn stover, switchgrass, cellulose, lignin) in a pyroprobe GC/MS 

system. All zeolite catalysts decreased the oxygenated species of the resulting pyrolysis 

vapors compared to non-catalytic pyrolysis. Among the tested catalysts, HZSM-5 (pore 

size of 0.52-0.55 nm) was the most effective catalyst for production of aromatic 

hydrocarbons and deoxygenation of vapors. Aho et al.[34] studied the influence of zeolite 
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structure for catalytic pyrolysis of pine wood in a fluidized bed reactor with 4 different 

zeolite catalysts, including H-Beta, H-Y, HZSM-5, and H-Mordenite. They reported that 

the chemical compositions of the resulting bio-oils are influenced by the structure of 

zeolites. HZSM-5 produced less acids and alcohols and more polyaromatics and ketones 

than other zeolites. In this thesis we will systematically study the shape selectivity of 

zeolite catalysts for CFP of glucose using a range of zeolite catalysts having a variety of 

pore size and structure (Chapter 5). We will establish the fundamental relationship between 

the zeolite pore size/structure and glucose conversion into aromatics. The insights into the 

zeolite catalyst design for CFP of biomass will also be presented.  

 To date, HZSM-5 has been known to be the most effective catalyst for the 

conversion of biomass derived molecules into aromatics [37]. For this reason, several 

researchers have studied the catalytic pyrolysis of biomass using modified HZSM-5 

catalysts [19, 36, 38-39]. Mihalcik et al. [36] used ZSM-5 catalysts with different silica-to-

alumina ratio (SiO2/Al2O3=23, 50, and 80) in the catalytic pyrolysis of biomass feedstocks. 

They reported that the H-ZSM-5 catalyst with SiO2/Al2O3=23 produced the highest yield 

of aromatics among the tested ZSM-5 catalysts. They suggested that the increase of 

aromatic yield could be due to an increase in density of available acid sites in the catalyst 

with low silica-to-alumina ratio. Park et al. [19] used mesoporous ZSM-5 catalysts in the 

upgrading of pine sawdust derived bio-oil. They reported that using mesoporous ZSM-5 

decreased the bio-oil yield but increased the selectivity for aromatics such as benzene, 

toluene, and xylenes compared to using non-mesoporous ZSM-5. French et al.[38] used 

metal-substituted ZSM-5 catalysts for the catalytic pyrolysis of wood. They showed that 

high hydrocarbon yields (16wt%, including 3.5wt% of toluene) could be produced from 
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nickel, cobalt, iron, and gallium-substituted ZSM-5. In this thesis we will show how ZSM-

5 catalyst properties can be tuned to optimize aromatic production in the CFP of biomass 

(Chapter 6). The effects of 1) changing silica-to-alumina ratio, 2) changing particle size, 3) 

creating mesoporous structure in ZSM-5, and 4) adding metal to ZSM-5 on biomass CFP 

will be studied in detail to develop a better ZSM-5 catalyst.  As we will show in this thesis, 

we have discovered a promising catalyst, a bifunctional Ga/ZSM-5 that can produce 40% 

more aromatics than ZSM-5. 

 Fluidized bed reactors have been used for catalytic pyrolysis of biomass due to 

their excellent mass and heat transfer properties, and scalability [24, 27, 40-41].  Olazar et 

al. [40] studied the catalytic pyrolysis of sawdust in a conical spouted bed reactor using 

HZSM-5 catalysts. The bottom section of the reactor has a conical shape and high velocity 

stream of gas induces circulation within the catalyst bed. They reported that catalytic 

pyrolysis of sawdust produced more water and deoxygenated products (aromatic yield of 

6.3 wt%) than non-catalytic pyrolysis. Lappas et al. [41] performed the catalytic pyrolysis 

of pine wood in a circulating fluid bed reactor using a commercial fluid catalytic cracking 

catalyst and a ZSM-5 additive. The reactor was a lab-scale FCC unit, consisting of riser 

reactor, fluid bed regenerator, and stripper. They reported that addition of catalysts 

increased the yields of coke and gaseous products (CO and CO2) but decreased the 

oxygenated compounds in liquid products by improving the bio-oil quality. Carlson et al. 

[24] reported on the use of a lab- scale bubbling fluidized bed reactor for the catalytic 

pyrolysis of sawdust using a spray dried ZSM-5 catalysts. They produced the highest 

hydrocarbon yields of 14% carbon for aromatics and 5.4 % carbon for olefins, respectively, 

at a low biomass weight hourly space velocity ( 0.1 hr
-1

) and temperature of 600°C. Zhang 
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et al. [27] studied the catalytic pyrolysis of corncobs in a bubbling fluidized bed reactor 

(30mm in diameter and 400mm in height) using HZSM-5 catalysts. They investigated the 

effects of operating parameters (reaction temperature, gas flow rate, static bed height, and 

biomass particle size) on product yields. The highest liquid yield (56.8 wt%) weas obtained 

at a pyrolysis temperature of 550°C,  gas flow rate of 3.4 L/min, static bed height of 10 cm, 

and particle size of 1.0-2.0 mm. In this thesis we will study the CFP of biomass in a 

process development unit to demonstrate CFP technology in terms of scalability and 

capability for long time operation (Chapter 7). The effects of process variables such as 

temperature, biomass weight hourly space velocity, catalyst to biomass ratio, gas flow rate, 

and static bed height will be studied in detail to determine the optimum process conditions 

required to maximize aromatic hydrocarbon yield. This will be the first demonstration 

scale study in which a CFP process can produce liter quantities of aromatic products 

directly from lignocellulosic biomass. 

 The main objective of this thesis is to advance CFP technology by studying the 

chemistry, catalyst design, and process development of CFP. This thesis has five main 

objectives including: 

1. Estimate the potential of the pyrolysis/CFP process for biomass conversion in an 

integrated biorefinery (Chapter 3) 

2.  Study the chemistry for the conversion of biomass to aromatics over HZSM-5 catalyst 

(Chapter 4) 

3.  Investigate the shape selectivity of the zeolite catalysts for CFP of biomass (Chapter 5) 

4. Optimize the ZSM-5 catalyst properties to maximize aromatic production in the CFP 

process (Chapter 6) 
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bifunctional catalyst where the Ga increases the rate of decarbonylation and olefins 

aromatization whereas the zeolite catalyzes the other reactions such as oligomerization.  

 This study shows that the concentration of acid sites on the ZSM-5 catalyst, 

mesopores within the ZSM-5, and addition of Ga to ZSM-5 can be adjusted to tune 

aromatic selectivity and yield from CFP of biomass. Especially, the bifunctional Ga/ZSM-

5 is a promising catalyst by significantly increasing aromatic yield from CFP of biomass.  
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CHAPTER 7  

CATALYTIC FAST PYROLYSIS OF BIOMASS IN A PROCESS 

DEVELOPMENT UNIT 

 

7.1 Introduction 

 We have previously demonstrated CFP technology in a semi-continuous lab scale 

fluidized bed reactor (2  in diameter) by obtaining an aromatic yield of 14% carbon directly 

from pinewood sawdust [24]. This data suggests the results from microscale semi-batch 

reactor can be reproduced in a realistic and scalable continuous reactor. However, the lab 

scale fluidized bed reactor can be operated for only a short time (less than an hour) because 

there is no continuous catalyst addition or removal. During CFP of biomass, the large 

amount of coke deposition on the catalyst deactivates the active sites of the catalyst and 

thereby reduces the catalytic activity for aromatic production after just 40 minutes. In order 

to operate the reactor continuously with maintaining a constant yield of aromatic products, 

the spent catalyst needs to be withdrawn from the reactor and replaced with de-coked 

catalyst during the operation. 

 The objective of this portion of the thesis is to study CFP of pine wood in a large- 

scale fluidized bed reactor that can operate continuously for a longer time. In addition, we 

will produce liter quantities of aromatic products in this reactor to demonstrate scalability 

and capability for continuous operation of CFP technology. This reactor system will be 

called a process development unit (PDU) that features the continuous addition and removal 

of catalyst. In the PDU, the spent catalyst is continuously replaced with the fresh catalyst 

during the reaction in order to maintain a constant yield. In order to optimize the reactor 
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performance, we have studied how changing process variables, including the reaction 

temperature, the biomass weigh hourly space velocity (WHSV), catalyst to biomass ratio, 

static bed height (i.e. volume of the catalyst bed), and fluidizer gas velocity, affects the 

product yield and selectivity in the CFP of pinewood with a spray dried ZSM-5 catalyst. In 

particular, the results from the latter two variables are closely related to the hydrodynamic 

conditions in the fluidized bed reactor and thus will be discussed in detail. The PDU has 

been operated for three months to produce 1 L of aromatics at optimal reaction conditions. 

 In addition, we will study the stability of the ZSM-5 catalyst during long term 

operation which is crucial for the commercialization of CFP technology. It is possible that 

minerals (ash) in the biomass can poison the active sites of ZSM-5 catalyst during CFP. 

Thus, both catalyst activity measurements and characterizations of the ZSM-5 catalyst after 

30 successive reaction-regeneration cycles were conducted to study the influence of 

impurities in the biomass and operating conditions on the performance and 

physical/chemical properties of the ZSM-5 catalyst. 

 

7.2 Experimental 

 The experimental methods and materials used for this work are described in 

Sections 2.4, 2.5, 2.6, 2.7, and 2.8.  

 

7.2.1 Process Development Unit 

 A schematic of the process development unit is shown in Figure 7.1. The fluidized 

bed reactor is a 4 inch diameter 316 stainless steel tube 30 inches tall. The top of the 
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freeboard expands to 6 inches to suppress entrainment of catalyst particles in the exit gas 

stream. The catalyst bed is supported by a distributor plate made from a stack of 316 

stainless steel mesh sheets (200 mesh). The bottom of the reactor below the distributor 

plate serves as a gas preheater zone. This bottom section of the reactor was loosely packed 

with quartz wool for good gas distribution and good heat transfer. The catalyst is fluidized 

via a nitrogen gas stream controlled by a mass flow controller. The reactor is externally 

heated with a four-zone electric furnace, and the inlet gas stream is heated with a heating 

tape. All zones were maintained at reaction temperature. The temperatures of each zone 

were measured by K-thermocouples inserted into the reactor (~ 1 cm from wall). 

 The biomass feed (pine wood sawdust) is loaded into a sealed feed hopper 

(Tecweigh, volumetric feeder) and conveyed by a stainless steel auger inside the hopper 

into a feed tube connected to the side of the reactor (1 inch above the distributor plate). The 

second screw auger inside the feed tube rapidly carries biomass through the feed tube into 

the reactor. The auger is turned by an electric motor using speed control to provide a 

constant feed flow rate during reaction. The feed system was calibrated for different flow 

rates before reaction. The outside temperature of the feed tube was kept at 0°C using a 

cooling jacket to prevent pre-pyrolysis of the biomass before introduction to the reactor. 

To maintain an inert environment in the reactor, the hopper is swept with nitrogen at a rate 

of 2 L min
-1

. The wood used was ground down to pass through a 1mm screen before 

loading it into the hopper. The catalyst powder is injected, by a specially designed ball 

valve (Swagelok, T60M thermal series ball valve), into the top of the reactor from a sealed 

catalyst hopper. Two small cups, inside the valve, transfer the catalyst powder into the 

reactor by valve rotation. The valve is turned by an electric motor using speed control to 
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provide a constant catalyst flow rate during reaction. The catalyst falls downward through 

the stainless steel tube inside the reactor. The end of the tube is 6 inches above the 

distributor plate. The catalyst hopper is swept with nitrogen at a rate of 800 mL min
-1

. The 

catalyst is drawn from the reactor through the catalyst outlet tube connected to the side of 

the reactor (1.5 inch above the distributor plate). The same type of valve as the catalyst 

inlet valve is used. A small nitrogen flow at a rate of 40 mL min
-1 

is provided through the 

catalyst outlet tube for stripping any remaining products entrapped in the catalyst. Pressure 

drop across the reactor was monitored using a differential pressure gauge (0 to 8 inch of 

water). 

 The gas exiting the reactor passes through a cyclone where entrained solids are 

removed and collected. The gas exiting the cyclone enters a stainless steel bubbler filled 

with ethanol in an ice water bath, to quickly cool down the temperature of the hot vapor. 

The vapor then passes through a condenser train. The first two condensers are maintained 

at 0 °C in an ice bath and the following six condensers are maintained at -55 °C in a dry 

ice/acetone bath. Each condenser was filled with 10 - 20 ml of ethanol to trap aromatic 

species more efficiently. The non-condensed vapors exiting the condenser train are 

collected in a Tedlar gas sampling bag for GC-FID/TCD analysis. Total gas flow is 

measured using a bubble flow meter prior to the gas sampling. Liquids collected in the 

condensers are quantitatively removed after reaction with ethanol. The total volume of the 

ethanol/product solution collected is recorded. The solution is then analyzed with GC/MS 

and GC/FID. The mass of carbon on the spent catalyst is determined by 

Thermogravimetric Analyzer (TGA) and Total Organic Carbon Analyzer (TOC).  
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 The catalyst used was a commercial spray-dried 40% ZSM-5 catalyst (Intercat. 

Inc.). Prior to reactions, the catalyst was calcined in a muffle furnace at 580°C for 12 hr. 

The gas flow rate employed between 3.2 slpm and 8 slpm was in a bubbling fluidized bed 

flow regime. The biomass hopper is weighed before and after each run and the biomass 

used is calculated by difference to ensure good mass closure. After the feed auger is 

stopped the reactor is purged with nitrogen flow for another 20 min to “strip” any 

remaining product in the reactor. All of the spent catalyst is collected, transferred into 

alumina crucibles, and regenerated in the muffle furnace at 580˚C for 16 hr in air.  
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Figure 7.1 Experimental setup of the process development unit. (a) Schematic of the process 

development unit and (b) detailed cross-sectional drawing of the reactor 

 

7.3 Results and Discussion 

7.3.1 Catalytic Fast Pyrolysis of Pine Wood in the Process Development Unit 

 Experiments were conducted to determine the optimum operating conditions for 

CFP of pine wood in the PDU. The process parameters investigated were temperature, 

biomass weight hourly space velocity, catalyst to biomass ratio, static bed height, and 

fluidization gas flow rate.  

 

7.3.1.1 Gas Product Yields as a Function of Time on Stream 

 Figure 7.2 shows the concentration of gaseous products as a function of time on 

stream during CFP of pinewood in the PDU at standard reaction conditions: a temperature 
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of 600 °C, WHSV of 0.3 h
-1

, catalyst to biomass ratio of 6. As shown, the gaseous product 

concentrations are almost constant with time, suggesting the reactor is operated at steady 

state. Decrease in product concentrations with time occurs due to catalyst deactivation by 

coke deposition on the catalyst surface. In the PDU, coked catalyst is continuously 

replaced with fresh catalyst during the reaction in order to operate the reactor with a 

constant level of catalytic activity. Thus, the catalyst phase can be considered as a CSTR. 

Since the PDU is run at steady state, all the data from the experiments of changing 

operating conditions were collected in a short time period (150 minute time on stream 

period). 

 
Figure 7.2 Gas phase product concentrations as a function of time on stream for catalytic fast 

pyrolysis of pine sawdust. Reaction conditions: ZSM-5 catalyst, pine wood feed at 0.3 WHSV, 

catalyst to biomass ratio of 6, 600°C reaction temperature, 5 slpm N2 fluidization flow rate, 4 inch 

static bed height 
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7.3.1.2 Effect of Reaction Temperature  

 The product carbon yields for CFP of pine wood in the PDU at different 

temperatures are shown in Figure 7.3 and Table 7.1. During the reaction, the other 

operating parameters, including WHSV, catalyst to biomass ratio, fluidization gas flow 

rate, and static bed height, were held constant. The aromatic yield goes through a 

maximum of 14.2 % at 600°C. Further increasing the temperature to 650°C decreases the 

yield to 10.5%. Increasing the temperature increases the yield of olefins from 6.0% to 

8.5%. The yields of CO, CO2, and methane gases also increase, while increasing the 

temperature decreases the coke yield from 41.9% to 28.2%. These results suggest that 

gasification reactions are favored at higher temperatures. The detailed product yields and 

selectivity at different temperatures are listed in Table 7.1. The selectivities for both 

aromatic and olefin compounds are strong functions of temperature. The main aromatic 

products include benzene, toluene, xylenes, and naphthalenes. Benzene selectivity 

increases significantly from 17.8% to 41.2%, while xylenes (total of meta, ortho and para 

isomers) selectivity decreases from 29% to 9.1% as temperature increases. The olefins 

produced include ethylene, propylene, butene, and butadiene. Ethylene selectivity 

increases, whereas propylene, butane, and butadiene selectivities decrease with increasing 

temperature. 
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Figure 7.3 Effect of temperature on the carbon yield for CFP of pine sawdust.  Reaction 

conditions: ZSM-5 catalyst, pine wood feed at 0.3 WHSV, catalyst to biomass ratio of 6, 5 slpm N2 

fluidization flow rate, 4 inch static bed height, and 150 min total reaction time. 

 

Table 7.1 Detailed carbon yield distribution and product selectivity for CFP of pine wood at 

different temperatures. Aromatic selectivity is defined as the moles of carbon in the product 

divided by the total moles of aromatic carbon.  Olefin selectivity is defined as the moles of carbon 

in the product divided by the total moles of olefin carbon.  

  Temperature (°C) 

 Compound 500 550 600 650 

Overall Yields 
    

Carbon Monoxide 20.2 22.2 23.4 33.1 

Carbon Dioxide 5.9 5.9 7.2 12.9 

Methane 1.3 2.2 3.4 5.3 

Olefins 6.0 7.1 8.1 8.5 

Aromatics 9.6 11.7 14.2 10.3 

Coke 41.9 34.9 31.2 28.2 

Total Balance 84.9 84.0 87.5 98.3 

Unidentified 15.1 16.0 12.5 1.7 

Aromatic Selectivity 
    

Benzene 17.8 20.3 27.6 41.2 

Toluene 43.3 48.5 44.9 38.7 

Ethyl-Benzene 1.3 0.6 0.4 0.4 

m-Xylene and p-Xylene 23.9 17.7 13.0 7.7 

Styrene 0.5 0.8 1.8 3.0 
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o-Xylene 5.1 3.7 2.8 1.4 

Benzofuran 0.4 0.4 0.2 0.2 

Phenol 0.7 0.4 0.6 0.7 

Indene 2.2 2.3 3.5 3.4 

Naphthalenes 4.8 5.1 5.4 3.4 

Light Hydrocarbon Selectivity 
    

Ethylene 43.1 46.1 50.8 63.3 

Propylene 47.4 47.0 43.5 32.0 

Butene+Butadiene 9.6 6.9 5.7 4.8 

 

  

7.3.1.3 Effect of Weight Hourly Space Velocity (WHSV)  

 The product carbon yields for CFP of pine wood as a function of weight hourly 

space velocity (WHSV) are shown in Figure 7.4 and Table 7.2. During the reaction, the 

other operating parameters, including temperature, catalyst to biomass ratio, fluidization 

gas flow rate, and static bed height, were held constant. WHSV is defined as the mass flow 

rate of feed divided by the mass of catalyst in the reactor. A WHSV was adjusted from 

0.15 to 1.0 h
-1

 by changing the biomass feed rate from 82.5 – 550 g/hr. The aromatic yield 

goes through a maximum at WHSV = 0.3 h
-1

. The amount of unidentified carbon increases 

with increasing WHSV from 9.7% to 17.9% for 0.15 – 1 h
-1

, respectively. The unidentified 

carbon is mostly from intermediate oxygenate products. These oxygenate products could 

be high molecular weight oligomer species which are not detectable by GC/FID and 

GC/MS. The CO and methane yield both increase with increasing WHSV. The yield of 

olefins goes through a maximum of 9.1% at WHSV = 0.6 h
-1

. The CO2 and coke yields 

decrease with increasing WHSV. WHSV also has an effect on the selectivities for aromatic 

and olefin products. The benzene and toluene selectivities increase, while the xylenes and 

naphthalenes selectivities decrease as WHSV increases from 0.3 to 1.0 hr
-1

. The ethylene 
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selectivity decreases, whereas the propylene, butene, and butadiene selectivities increase 

with increasing WHSV. 

 

Figure 7.4 Effect of biomass WHSV on the carbon yield for CFP of pine sawdust. Reaction 

conditions: ZSM-5 catalyst, 600°C reaction temperature, catalyst to biomass ratio of 6, 5 slpm N2 

fluidization flow rate, 4 inch static bed height, and 150 min total reaction time. WHSV is defined 

as the mass flow rate of feed divided by the mass of catalyst in the reactor. 

 

Table 7.2 Detailed carbon yield distribution and product selectivity for CFP of pine wood at 

different biomass WHSV.  

 
WHSV (hr-1) 

Compound 0.15 0.3 0.6 1.0 

Overall Yields  
   

Carbon Monoxide 24.2 23.4 26.1 27.1 

Carbon Dioxide 8.7 7.2 7.3 7.0 

Methane 3.7 3.4 4.1 4.5 

Olefins 8.7 8.1 9.1 8.9 

Aromatics 13.1 14.1 12.5 10.2 

Coke 32.0 31.2 25.6 24.3 

Total balance 90.3 87.4 84.7 82.1 

Unidentified 9.7 12.6 15.3 17.9 

Aromatic Selectivity  
   

Benzene 37.5 27.6 29.8 32.2 

Toluene 42.7 44.9 46.4 46.9 
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Ethyl-Benzene 0.3 0.4 0.7 0.7 

m-Xylene and p-Xylene 9.2 13.0 11.3 10.5 

Styrene 0.9 1.8 1.7 1.6 

o-Xylene 2.0 2.8 2.3 2.6 

Benzofuran 0.1 0.2 0.3 0.4 

Phenol 0.2 0.6 0.6 0.3 

Indene 3.9 3.5 2.5 2.2 

Naphthalenes 3.2 5.4 4.3 2.6 

Light Hydrocarbon Selectivity     

Ethylene 53.3 50.8 44.2 42.8 

Propylene 43.9 43.5 46.3 46.1 

Butene+Butadiene 2.8 5.7 9.5 11.1 

 

 

7.3.1.4 Effect of Catalyst to Biomass Ratio  

 Figure 7.5 and Table 7.3 show product yields as a function of catalyst to biomass 

ratio for CFP of pine wood. During the reaction, the other operating parameters were held 

constant. Catalyst to biomass ratio is defined as the mass flow rate of catalyst divided by 

the mass flow rate of feed. A catalyst to biomass ratio of 3 - 9 was adjusted by changing 

the catalyst feed rate between 540 and 1530 g/hr. In addition, changing the catalyst to 

biomass ratio is directly related to the catalyst residence time in the reactor. Catalyst 

residence time can be defined as the mass flow rate of catalyst divided by the mass of 

catalyst in the reactor. Varying the catalyst feed rate from 540 to 1530 g/hr changes the 

catalyst residence time from 60 to 20 minutes. Therefore, increase of the catalyst to 

biomass ratio decreases the catalyst residence time. As shown in Figure 7.5, the aromatic 

and olefin yields both increase with increasing the catalyst to biomass ratio and decreasing 

the catalyst residence time. The highest aromatic yield of 14.2 % was obtained at a catalyst 

to biomass ratio of 6 and catalyst residence time of 30 minutes. The amount of coke 

produced decreases with increasing the catalyst to biomass ratio and decreasing the catalyst 

residence time. As the catalyst to biomass ratio decreases and the catalyst residence time 
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increases, the reaction occurs with more coked catalyst. For instance, the amount of coke 

on the catalyst decreases from 4.1 to 1.7 wt% as the catalyst to biomass ratio increases 

from 3 to 9. Hence, less concentration of active sites is available with higher amounts of 

coked catalyst. This might have a negative effect on the desired chemistry for aromatic 

production. For this reason, the yields of aromatics and olefins are low, whereas undesired 

coke and methane formation are high at a low catalyst to biomass ratio. However, the 

selectivities for the aromatic and olefin compounds do not change significantly with the 

catalyst to biomass ratio. 

 

Figure 7.5 Effect of catalyst to biomass ratio on the carbon yield for CFP of pine sawdust. 

Reaction conditions: ZSM-5 catalyst, 0.3 wood WHSV, 600°C reaction temperature, 5 slpm N2 

fluidization flow rate, 4 inch static bed height, and 150 min total reaction time. Catalyst to biomass 

ratio is defined as the mass flow rate of catalyst divided by the mass flow rate of feed. 
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Table 7.3 Detailed carbon yield distribution and product selectivity for CFP of pine wood at 

different catalyst to biomass ratios. 

  Catalyst to biomass ratio 

 Compound 3.0 4.5 6.0 9.0 

Overall Yields 
 

 
  

Carbon Monoxide 23.9 24.2 23.4 24.8 

Carbon Dioxide 7.6 7.2 7.2 7.2 

Methane 4.2 3.5 3.4 3.3 

Olefins 8.0 7.9 8.1 8.8 

Aromatics 11.9 13.1 14.2 13.9 

Coke 34.0 30.6 31.2 28.9 

Total balance 89.6 86.5 87.5 87.1 

Unidentified 10.4 13.5 12.5 12.9 

Aromatic Selectivity 
 

 
  

Benzene 28.5 29.8 27.6 28.8 

Toluene 47.3 46.2 44.9 48.9 

Ethyl-Benzene 0.6 0.6 0.4 0.5 

m-Xylene and p-Xylene 12.1 12.3 13.0 12.0 

Styrene 1.9 1.8 1.8 1.5 

o-Xylene 2.4 2.5 2.8 2.5 

Benzofuran 0.3 0.2 0.2 0.2 

Phenol 0.5 0.5 0.6 0.4 

Inden 2.6 2.5 3.5 2.0 

Naphthalene 3.8 3.6 5.4 3.3 

Light Hydrocarbon Selectivity     

Ethylene 49.6 50.6 50.8 48.5 

Propylene 41.8 41.7 43.5 43.2 

Butene+Butadiene 8.6 7.7 5.7 8.2 

 

 

7.3.1.5 Effect of Static Bed Height  

 The effect of static bed height on the product yield for CFP of pine wood at 

temperate of 600 °C, biomass WHSV of 0.3 h
-1

, catalyst to biomass ratio of 6, and 

fluidization gas flow rate of 5 slpm, is shown in Figure 7.6. Static bed height is defined as 

the height of the catalyst level above the distributor plate. The static bed height was 

adjusted by varying the mass of catalyst in the reactor. The static bed height is directly 

related to the fraction of the reactor volume occupied by the catalyst. Thus, the operation 
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of the reactor with a high bed height is important for industrial application because the 

operation of the reactor with a higher bed height means higher reactor efficiency by 

processing more biomass at given reaction conditions. However, changing the bed height 

influences the vapor residence time, which is defined as the reactor volume occupied by 

the catalyst divided by the volumetric gas flow rate. A higher bed height means a longer 

vapor residence time (more contact between the reactants and the catalyst) in the reactor. 

For instance, an increase of the static bed height from 4 to 8 inch increases the vapor 

residence time from 5.2 to 9.6 sec. As shown in Figure 7.6, the aromatic and unidentified 

oxygenate yields decrease with increasing the static bed height, while the CO, CO2, 

methane, and coke yields show the opposite trend. The highest aromatic yield of 14.2 % 

was obtained at the lowest static bed height (4 inch) and the shortest vapor residence time 

(5.2 sec) among the tested range. Decrease of the unconverted oxygenates yields could be 

explained by the longer residence time of the vapor in the reactor. However, it appears that 

the long residence time promotes secondary reactions in the catalyst. These undesired 

secondary reactions might cause a decrease in the aromatic yield and an increase in the 

coke and gas yields by the secondary cracking of the vapor. Similar results have been 

reported from catalytic pyrolysis of corncobs[27]. The selectivity for aromatic compounds 

is also influenced by the static bed height as shown in Table 7.4. Both benzene and toluene 

carbon selectivities slightly increase with increasing the bed height, while xylenes and 

naphthalenes show the opposite trend. 

 

 

 

 



150 

 

 

 

Figure 7.6 Effect of static bed height on the carbon yield for CFP of pine sawdust. Reaction 

conditions: ZSM-5 catalyst, 0.3 wood WHSV, catalyst to biomass ratio of 6, 600°C reaction 

temperature, 5 slpm N2 fluidization flow rate, and 150 min total reaction time. ( ) represents the 

fraction of the reactor volume occupied by the catalyst. 

 

Table 7.4 Detailed carbon yield distribution and product selectivity for CFP of pine wood at 

different static bed heights. 

 
Static bed height (inch) 

Compound 4 6 8 

Overall Yields 

   Carbon Monoxide 23.4 24.3 25.2 

Carbon Dioxide 7.2 7.2 7.9 

Methane 3.4 3.4 4.0 

Olefins 8.1 7.6 8.1 

Aromatics 14.2 13.3 13.0 

Coke 31.2 33.0 34.9 

Total balance 87.5 88.9 93.2 

Unidentified 12.5 11.1 6.8 

Aromatic Selectivity 

   Benzene 27.6 29.0 30.8 

Toluene 44.9 46.5 47.6 

Ethyl-Benzene 0.4 0.5 0.4 

m-Xylene and p-Xylene 13.0 12.1 10.6 
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7.3.1.6 Effect of Fluidization Gas Flow Rate 

 The effect of fluidization gas flow rate on the product yield for CFP of pine wood 

at temperate of 600 °C, biomass WHSV of 0.3 h
-1

, catalyst to biomass ratio of 6, and static 

bed height of 4 inch, is shown in Figure 7.7. In the fluidized bed reactor, fluidization gas 

flow rate is directly related to bubble formation and growth. Bubbles can form between the 

dense bed when fluidization gas velocity is typically 4 to 10 fold higher than minimum 

fluidization velocity[194]. The size of bubbles increases with increasing gas flow rates 

[195]. In general, the bubbles formed create good mixing and good gas-solid contact. As 

shown in Figure 7.7, the aromatic and coke yields decrease, while the CO, olefins, and 

unidentified oxygenates yield increase with increasing fluidization gas flow rates. The 

maximum aromatic yield of 15.1 % was obtained at the lowest fluidization gas flow rate 

(3.2 slpm). These results suggest that change in the bubble size impacts the reaction 

chemistry. Higher flow rates mean larger bubble size where the gas inside the bubbles has 

poor interaction with the catalysts [196]. Therefore, the large bubbles formed by high gas 

flow rates could result in an increase in the unidentified oxygenates yield and a decrease in 

the aromatic yield due to poor gas-catalyst interaction. The selectivities for aromatic and 

olefin compounds also show a trend as shown in Table 7.5. Benzene and toluene carbon 

Styrene 1.8 1.5 1.2 

o-Xylene 2.8 2.9 2.5 

Benzofuran 0.2 0.2 0.3 

Phenol 0.6 0.4 0.3 

Indene 3.5 2.6 2.1 

Naphthalenes 5.4 4.4 4.2 

Light Hydrocarbon Selectivity    

Ethylene 50.8 51.7 49.7 

Propylene 43.5 42.0 43.5 

Butene+Butadiene 5.7 6.3 6.7 
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selectivities both slightly increase with increasing the gas flow rate, while xylenes and 

naphthalenes show the opposite trend. Ethylene selectivity decreases, whereas butene and 

butadiene selectivity increases with an increase in gas flow rate. 

 

Figure 7.7 Effect of fluidization gas flow rates on the carbon yield for CFP of pine sawdust. 

Reaction conditions: ZSM-5 catalyst, 0.3 wood WHSV, catalyst to biomass ratio of 6, 600°C 

reaction temperature, 4 inch static bed height, and 150 min total reaction time. u/umf is the ratio of 

fluidization gas velocity to minimum fluidization gas velocity.  

 

Table 7.5 Detailed carbon yield distribution and product selectivity for CFP of pine wood at 

different fluidization gas flow rates. 

  N2 flow rate (slpm) 

 Compound  3.2 5.0 8.0 

Overall Yields 
   

Carbon Monoxide 24.0 23.4 26.2 

Carbon Dioxide 7.0 7.2 7.3 

Methane 3.5 3.4 3.6 

Olefins 7.8 8.1 8.6 

Aromatics 15.1 14.1 11.4 

Coke 32.5 31.2 29.3 

Total balance 89.9 87.4 86.5 

Unidentified 10.1 12.6 13.5 
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Aromatic Selectivity 
   

Benzene 27.5 27.6 34.7 

Toluene 44.1 44.9 46.6 

Ethyl-Benzene 0.4 0.4 0.5 

m-Xylene and p-Xylene 14.7 13.0 9.8 

Styrene 1.7 1.8 1.6 

o-Xylene 2.8 2.8 1.9 

Benzofuran 0.2 0.2 0.2 

Phenol 0.3 0.6 0.4 

Indene 2.8 3.5 2.1 

Naphthalenes 5.6 5.4 2.3 

Light Hydrocarbon Selectivity    

Ethylene 53.5 50.8 50.0 

Propylene 40.6 43.5 41.6 

Butene+Butadiene 5.9 5.7 8.5 

 

7.3.1.7 Comparison of CFP in the Process Development Unit with CFP in the Lab 

Scale Fluidized Bed Reactor 

 As a result of our investigations, the optimal operating conditions for CFP of pine 

wood in the process development were found to be: a temperature of 600 °C, WHSV of 0.3 

h
-1

, catalyst to biomass ratio of 6, fluidization gas flow rate of 3.2 slpm, and static bed 

height of 4 inch. At these conditions, the highest aromatic yield of 15.1 % and the olefin 

yield of 7.8% were obtained. These results were compared with the optimized yields from 

CFP in the semi-continuous lab-scale fluidized bed reactor as shown in Table 7.6. The total 

reaction time in the process development unit is five times longer than that in the lab-scale 

fluidized bed reactor. The aromatic yield is slightly higher in the process development unit 

than the lab scale fluidized bed reactor, showing the ability of the process development 

unit for prolonged operations while maintaining a high yield of aromatics. However, the 

olefin yield is higher in the lab scale fluidized bed reactor. The process development unit 

produces more benzene and toluene and less naphthalene than the lab-scale fluidized bed 

reactor, suggesting that the two reactors have slightly different reaction environments.  
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effluents, about 20 to 30% of aromatics were lost in the gas phase. The spent catalyst was 

then collected and regenerated in the muffle furnace at 580 °C for 16 - 20 hours and used 

for the next run. Hence, the same HZSM-5 catalyst was used for the entire run through 

successive reaction-regeneration cycles. The reaction was carried out using the spray-dried 

ZSM-5 catalyst at the optimal operating conditions: temperature of 600 °C, WHSV of 0.3 

h
-1

, catalyst to biomass ratio of 6, fluidization gas flow rate of 5-6 slpm, and static bed 

height of 4 inch. Table 7.7 shows the detailed summary report for each run. Total operation 

hours of the PDU were over 120 hrs and more than 20 kg of pine wood was used. The 

aromatic products produced were over 1 L. 

Table 7.7 A detailed report about each run during three months. Liquid products (ml) are the liquid 

samples collected from dry ice condensers which consist mostly of aromatics. 

Date Sample Code 
Gas 

velocity 

(SLPM) 

WHSV 

(h-1) 

Catalyst 
regeneration 

cycle 

Operation 

hour (min) 
Biomass used (g) 

Liquid 
products 

(ml) 

8-Jun Bayer 7 0.33 2 218 604.7 N.q 

10-Jun Bayer 7 0.3 3 155 397.7 N.q 

13-Jun Bayer 7 0.39 4 155 503.3 N.q 

14-Jun Bayer 6 0.37 5 220 681.8 N.q 

16-Jun Bayer 5 0.36 6 240 728.6 N.q 

20-Jun Flint Hills 6 0.3 7 270 680.0 N.q 

21-Jun DARPA 6 0.446 8 270 1004.4 N.q 

22-Jun DARPA 6 0.31 9 270 699.2 50 

24-Jun DARPA 6 0.28 10 255 601.5 46 

27-Jun DARPA 6 0.29 11 377 1001 71 

29-Jun DARPA 6 0.31 12 330 948 59 

1-Jul DARPA 5 0.31 13 300 853 52 

6-Jul DARPA 5 0.32 14 368 1074 66 

8-Jul DARPA 5 0.32 15 333 983.7 60 

11-Jul DARPA 5 0.35 16 285 1007.2 64 

13-Jul DARPA 5 0.35 17 330 1068 64 

18-Jul DARPA 5 0.35 18 305 1072 66 

20-Jul DARPA 6 0.30 19 320 955.5 60 

22-Jul DARPA 4.5 0.22 20 240 529.5 32 

25-Jul DARPA 5 0.33 21 353 1076 68 

27-Jul DARPA 5 0.34 22 410 1278.7 66 
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Figure 7.9 Catalytic fast pyrolysis of pine wood with a fresh ZSM-5, the ZSM-5 after 5 reaction-

regeneration cycles, and the ZSM-5 after 30 reaction-regeneration cycles. Reaction conditions: 0.3 

wood WHSV, catalyst to biomass ratio of 6, 600°C reaction temperature, 4 inch static bed height, 5 

slpm N2 fluidization flow rate, and 150 min total reaction time. 

  

7.3.2.2 Catalyst Characterization 

 The temperature programmed oxidation curves of the separated char and the coked 

catalyst are shown in Figure 7.10. After reaction, the collected spent catalyst contained 

some char particles. The char was separated from the catalyst by sieving using 120 mesh 

(See Figure 7.11). The morphology of char particles has significantly different 

characteristics from catalyst particles. The separated char and the spent catalyst were 

combusted at a ramping rate of 5°C/min to 600°C in the TGA, respectively. As shown in 

Figure 7.10, the char contains significantly more carbon (~12%) than the spent catalyst 

(~2%). In addition, this result shows that 88% of char content is non-combustible minerals 

(i.e. ash), suggesting that the minerals likely accumulated in the catalyst during successive 

reaction-regeneration cycles. 
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Figure 7.10 TPO curves in the combustion of the char (carbon from pyrolysis of wood) and the 

coked catalyst (carbon deposited on the catalyst). 

 

 

Figure 7.11 Optical microscope images of (a) the separated char and (b) the coked catalyst. 

 

 Figure 7.12 shows the X-ray diffraction patterns of measurements of the fresh ZSM-5 and 

the ZSM-5 after 30 reaction-regeneration cycles. The crystal structure and crystallinity of the ZSM-

5 were intact after 30 reaction-regeneration cycles. SEM images were recorded for the catalysts 

(Figure 7.13). The ZSM-5 catalyst after 30 reaction-regeneration cycles shows some broken pieces 
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of catalyst particles. This could result from the collision between catalyst particles in the fluidized 

bed reactor. 

 

Figure 7.12 X-ray diffraction patterns of the fresh catalyst and the catalyst after 30 reaction-

regeneration cycles.  

  

 

Figure 7.13 SEM images of (a) the fresh catalyst and (b) the catalyst after 30 reaction-regeneration 

cycles. 
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 The total number of acid sites for the fresh ZSM-5 and the ZSM-5 after 30 

reaction-regeneration cycles was measured using temperature programmed desorption 

(TPD) of ammonia, as shown in Figure 7.14 and Table 7.8. NH3 TPD curves show a 

significant loss in acidity of the catalyst after 30 reaction-regeneration cycles from the 

decrease of the peak intensity. As reported in Table 7.8, the total number of acid sites 

decreases from 0.35 to 0.23. This loss in acidity could be attributed to ash from the 

biomass, poisoning the acid sites (See Figure 7.10 and 7.11). Another possible reason for 

loss in acidities is that dealumination within the catalyst occurs at reaction conditions in 

which water vapor is present at high temperatures [197]. 

 

Figure 7.14 Temperature programmed desorption of ammonia for the fresh catalyst and the 

catalyst after 30 reaction-regeneration cycles. 

 

Table 7.8 Total acidity of the fresh catalyst and the catalyst after 30 reaction-regeneration cycles. 

   Total Acidity (mmol NH3/g catalyst)  

Fresh  0.35  

Cycle 30 0.23  
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 Figure 7.15 shows the in situ DRIFTS spectra of ammonia adsorbed on the fresh 

ZSM-5 and the ZSM-5 after 30 reaction-regeneration cycles. The spectra of the fresh and 

the regenerated catalysts show the same features, however, the fresh catalyst shows a 

stronger band at 3610 cm
-1

 assigned to the OH vibration associated with Bronsted acid 

sites. The bands observed for the ZSM-5 with ammonia adsorbed are assigned in Table 

7.7. The Bronsted to Lewis site ratio can be obtained from the ratio of Bronsted and Lewis 

band heights (1478 cm
-1

 and 1614 cm
-1

 respectively). There is a decrease in the 

Bronsted/Lewis site ratio from 1.5 to 1.2 between the fresh catalyst and the catalyst after 

30 reaction-regeneration cycles, indicating a loss of some of the Bronsted acid sites. This is 

likely due to the ash from biomass or dealumination by steaming. 

 
Figure 7.15 In situ DRIFTS spectra of ammonia adsorbed on (a) the fresh catalyst and (b)  the 

catalyst after 30 reaction-regeneration cycles. 

  

 

 

 

  

(a) (b) 

Degassed  

NH3 adsorbed 

subtraction 

Degassed  

NH3 adsorbed 

subtraction 
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Table 7.9 Band positions and assignments of DRIFTS spectra of ammonia adsorbed on the ZSM-5 

catalyst. 

Band Position (cm
-1

) Assignment Species 

3745 (OH)  Si-OH terminal silanols 

3679 (OH) Si-OH or Extra framework Al 

3605 (OH)  -cages or Al-OH Extra framework Al 

3367 (NH) Si-NH-Al 

3290 (NH) Si-NH2…Al 

3191 (NH) NH4
+
 Bronsted site 

1614 (NH2) Lewis site 

1478 (NH2) Bronsted site 

  

7.4 Conclusions 

 In this study we conducted catalytic fast pyrolysis of pine wood using a spray-dried 

ZSM-5 catalyst in the process development unit. The process development unit was 

designed and built for continuous operation of the CFP process at steady state over a long 

duration. The effects of operating parameters on the yield and selectivity of aromatic and 

olefin products were studied to optimize the reactor performance. The highest aromatic 

yield was obtained at a intermediate temperature (600 °C), a low biomass weight hourly 

space velocity (0.3 h
-1

), and a high catalyst to biomass ratio (6 to 9).  Aside from these 

conditions, the static bed height should be low (4 inch) to avoid a secondary coking 

reaction from an increased bed height. The fluidization gas velocity should be low (3.2 

slpm, u/umf=3.8) to keep the size of the bubbles small for good gas-catalyst contact. The 

highest aromatic yield of 15.1% and the olefin yield of 7.8% were obtained at the 

optimized operating conditions. The aromatic yield from CFP in the process development 

unit was comparable to the semi-continuous lab scale fluidized bed reactor at the optimized 

conditions, showing the ability of the process development unit for prolonged operations 
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while maintaining a high yield of aromatics. The stability of the ZSM-5 catalyst during 

extended operation was studied over 30 successive reaction-regeneration cycles. The 

catalyst showed a slight decrease in the aromatic yield after 30 successive reaction-

regeneration cycles by irreversible deactivation. The concentration of acid sites on the 

catalyst was reduced by 70% of the fresh catalyst after 30 reaction-regeneration cycles. 

This loss in acidity could be attributed to mineral impurities from the biomass, poisoning 

acid sites or dealumination by steaming. 
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CHAPTER 8  

CONCLUSIONS AND FUTURE WORK 

8.1 Conclusions 

 The objective of this thesis was to advance CFP technology by studying the 

reaction chemistry for CFP, developing the optimized zeolite catalysts for CFP, and 

demonstrating the scale-up of the CFP process in a process development unit. To gain a 

fundamental understanding of the underlying chemistry of CFP, we have examined both 

the homogeneous and heterogeneous reactions for CFP of glucose (a model compound for 

cellulose). A combination of milligram-scale pyroprobe reactor, TG/DTG system, ex-situ 

FTIR characterization, and isotopic labeling experiments was used to investigate the 

intermediate and final products of the reaction in the absence and presence of the ZSM-5 

catalyst. The reaction network for the conversion of glucose to aromatics was proposed 

based on the experimental evidence.  

 CFP of glucose involves two steps. Glucose initially thermally decomposes through 

two different pathways. At high temperatures glucose is dehydrated into anhydrosugars 

which are then converted by dehydration reactions into furans. At low temperature, glucose 

is decomposed to dihydroxyacetone and glyceraldehydes through retro-aldol condensation. 

Both decomposition pathways can occur homogeneously or on the catalyst. The 

oxygenates produced from thermal decomposition then diffuse into the ZSM-5 pores 

where they are converted into aromatics, CO, CO2, and water through a series of 

dehydration, decarbonylation, decarboxylation, and oligomerization reactions. The isotopic 

labeling studies revealed that the monocyclic aromatics are formed from random 
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hydrocarbon fragments which are most likely produced from a “hydrocarbon pool” inside 

the zeolite, while naphthalene is produced via the combination of monocyclic aromatics 

with oxygenated fragments. The major competing reaction to the aromatic production is 

the formation of coke. Coke is formed through intermediate furan polymers which 

ultimately decompose to unsaturated coke. To achieve maximum aromatic yields, 

pyrolysis should proceed with rapid decomposition of glucose to oxygenates to react with 

the catalyst. The concentration of oxygenates should remain low to avoid formation of 

coke and less desirable polycyclic aromatics. 

 We established the fundamental relationship between zeolite pore size/structure and 

glucose conversion into aromatics. For this study, a range of zeolites, including small pore 

zeolites (ZK-5 and SAPO-34), medium pore zeolites (Ferrierite, ZSM-23, MCM-22, SSZ-

20, ZSM-11, ZSM-5, IM-5, and TNU-9), and large pore zeolites(SSZ-55, beta, Y zeolite), 

were synthesized, characterized, and tested for CFP of glucose. The aromatic yield is a 

function of the pore size and internal pore space of the zeolite catalyst. Aromatic yields 

were highest in the medium-pore zeolites with pore sizes in the range of 5.2 to 5.9 Å . In 

addition to micropore diameter, internal pore space and steric hindrance played a 

determining role for aromatic production. Medium-pore zeolites with moderate internal 

pore space and steric hindrance (ZSM-5 and ZSM-11) gave the highest aromatic yield and 

the least coke formation. The remarkable catalytic activity of these medium pore zeolites is 

due to the fact that the majority of aromatics and oxygenated species present during the 

reaction fit inside the pores of most medium pore zeolites. Zeolites with small pores 

severely hinder the diffusion of both reactants and products. Zeolites with large pores 
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allow for faster reactant diffusion, but the formation of coke within the zeolite micropores 

becomes more prevalent due to the lack of reactant confinement. 

 We have developed improved ZSM-5 based catalysts to enhance aromatic 

production from CFP by (1) adjusting the concentration of acid sites inside the zeolites 

catalyst; (2) addition of Ga to the ZSM-5 to create new type of active sites; (3) 

incorporation of mesoporosity into the ZSM-5 framework to enhance its diffusion 

characteristics. The optimum aluminum content of the ZSM-5 catalyst for CFP of glucose 

to maximize the aromatic yield occurs at a SAR of 30. This composition is thought to have 

the optimum acid concentration and hydrophilicity of the zeolite framework, for aromatic 

formation. ZSM-5 catalyst with SAR of 30 was further modified by incorporation of 

Gallium. Ga promoted ZSM-5 increased the aromatic yield over 40% for CFP of pine 

wood.  Furan conversion studies over Ga/ZSM-5 suggest that the catalyst is a bifunctional 

catalyst where the Ga increases the rate of decarbonylation and olefin aromatization, 

whereas the zeolite catalyzes the other reactions necessary for aromatic production. Aside 

from controlling the active sites of ZSM-5, the pore structure of ZSM-5 was also modified 

by creating hierarchical mesopores within the ZSM-5 to improve the accessibility of 

biomass-derived compounds into the micropores during CFP. Mesoporous ZSM-5 shifted 

the aromatic distribution toward heavier alkylated monoaromatics, showing a similar 

aromatic yield to ZSM-5 for CFP of maple wood. The production of lager alkylaromatics 

is due to the relaxation of shape-selectivity controlling the product distribution by the 

presence of mesoporosity. 

 We demonstrated the scale-up of the CFP process in the process development unit 

by producing liter quantities of aromatic products directly from solid biomass. The process 
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development unit was designed and built for continuous operation of the CFP process at 

steady state over long durations. The effects of operating conditions on the yield and 

selectivity of aromatic and olefin products were studied to optimize the reactor 

performance. The optimal operating conditions for CFP of pine wood in the process 

development unit were: a temperature of 600 °C, WHSV of 0.3 h
-1

, catalyst to biomass 

ratio of 6, fluidization gas flow rate of 3.2 slpm, and static bed height of 4 inch. At these 

conditions, the highest aromatic yield of 15.1 % and the olefin yield of 7.8% were 

obtained. The stability of the ZSM-5 catalyst during extended operation was studied with 

the catalyst up to 30 successive reaction-regeneration cycles. The catalyst retained most of 

the activity after 30 reaction-regeneration cycles, but some loss in acid sites were observed 

due to mineral impurities (ash) from the biomass.  

 Additionally, we estimated the potential for integration of the CFP process with the 

other biomass conversion technologies, hydrolysis and pyrolysis, with the goal of 

maximizing the production of fuel precursors from the biomass. It was found that 

combining CFP with hydrolysis is an attractive route in an integrated biorefinery because 

CFP can convert solid waste stream (lignin residues) into aromatics, while aqueous sugar 

solutions produced by hydrolysis can be easily fermented to alcohols or converted into 

alkanes by liquid phase processing. This route can increase the overall energy output of the 

biomass by two times as much as the direct application of the CFP process to the biomass. 

 The CFP process still has much room for improvements. Although we discovered a 

new catalyst, Ga/H-ZSM-5, that can significantly enhance aromatic production from CFP 

of biomass and demonstrated the scale-up of the CFP process in this study, further research 

needs to be undertaken to optimize the CFP reactor and catalytic chemistry. Currently, on 
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an energy basis, 41% of the energy of the wood can be converted into aromatics in the 

fluidized bed reactor, using Ga/H-ZSM-5. Competing technologies such as production of 

cellulosic ethanol by hydrolysis/fermentation have demonstrated that 49% of the energy of 

the biomass feed is converted into ethanol. However, it should be noted that this 

technology is significantly more complicated than the single step process of CFP. 

Aromatics also have a higher value than ethanol because aromatics can be used as an 

octane enhancer or as petrochemical feedstocks. More research in catalysis and reaction 

engineering can optimize the CFP reactor and the catalyst to obtain higher energy yields 

than the other biomass conversion technologies.  

  

8.2 Future Work 

 For future work, more experiments need to be undertaken in the process 

development unit for practical application. In an industrial setting, the gases produced 

during CFP reaction would be recycled for fluidization. In CFP, the producer gas is 

composed of a mixture of carbon monoxide, carbon dioxide, methane, ethylene, and 

propylene. While nitrogen used for CFP as a fluidization gas in this work is an inert gas, 

the producer gas might impact the reaction chemistry. Hence, the effect of the producer gas 

on the CFP of biomass needs to be addressed for industrial application. In addition, 

irreversible deactivation of the catalyst during CFP was observed after 30 times reaction-

regeneration cycles with 30% reduction in acid sites of the catalyst (Section 7.3.2). This is 

likely due to the ash from the biomass, poisoning the acid sites. Therefore, future studies 

need to focus on the efficient removal of the ash from the catalyst to avoid the catalyst 

deactivation. A fluidized bed reactor type regenerator might work for separating the ash 
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from the catalyst where a high velocity of gas stream would carry over the small ash 

particles with the gas as entrainment whereas the catalyst particles circulate within the 

catalyst bed.  

 Aside from the process development unit experiments, fundamental questions 

related to the effect of modifying ZSM-5 catalyst properties on the CFP reaction should be 

addressed to develop improved catalysts for the CFP process. Firstly, the role of silica to 

alumina ratio on CFP reaction needs to be studied in detail (Section 6.3.1). It was observed 

that the appearance of closely located Brønsted acid sites and the increase in hydrophilicity 

inside the zeolite with incorporation of more aluminum into ZSM-5 framework play an 

important role on achieving high yields of aromatics from glucose CFP. Therefore, it is 

important to understand how the change in the hydrophilic character of the ZSM-5 will 

affect the adsorption behavior of pyrolysis oxygenates in the ZSM-5. Further detailed 

studies on polarity of pyrolysis oxygenates and their adsorption in the zeolite will provide 

a clear understanding of the effect of changing the silica to alumina ratio of the ZSM-5 on 

the CFP reaction. 

 Secondly, the effect of controlling the diffusion characteristics of the ZSM-5 

catalyst on the CFP reaction should be studied in detail with further catalyst 

characterizations (e.g. diffusivity measurement) together with activity measurements in a 

flow reactor. It has been shown that furan reaction over ZSM-5 is under strong pore 

diffusion limited conditions [29]. Thus, any improvements in the diffusion properties in 

ZSM-5 can have a positive effect on catalytic activity. Our results in Section 6.3.2 showed 

that the improvements in diffusion properties of ZSM-5 by decreasing the particle size of 

ZSM-5 catalyst enhanced the aromatic yield from CFP of glucose. However, besides the 
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particle size, the crystallite size of each catalyst particle is more relevant to the molecular 

diffusion in the zeolite channel. Future studies of the effects of crystal sizes of ZSM-5 

catalysts on conversion and turnover frequency (TOF) in CFP reaction will provide a better 

insight into the diffusion effects on the CFP reaction.  

 Thirdly, the exterior surface sites of the mesoporous ZSM-5 catalyst should be 

better tuned to decrease the undesired coke formation. It has been shown for methanol 

conversion that mesoporous ZSM-5 could increase the catalyst lifetime due to the faster 

removal of products and facile diffusion of coke precursors through mesopore walls in the 

zeolite [198-199]. However, the mesoporous ZSM-5 showed the high amount of coke 

formation and fast deactivation rate for the CFP reaction (Section 6.3.3). This is likely due 

to preferential coke formation through the polymerization of furan intermediates in the 

mesopores. In this work, tartaric acid treatment was used to selectively remove the exterior 

surface sites of the mesoporous ZSM-5; however, this method did not show the 

effectiveness in the reduction of coke formation. Therefore, more selective methods for 

removal of the surface acid sites should be studied to improve the catalytic properties of 

the mesoporous ZSM-5 for the CFP reaction.  

 Lastly, the location of Gallium in the ZSM-5 catalyst and its role on the CFP 

reaction need to be studied in detail. The results in this work suggested that some of the 

protons in the ZSM-5 were replaced by Gallium, evidenced in the reduction of 

concentration of Bronsted acid sites in Ga/HZSM-5 catalyst (Section 6.3.4). However, the 

exact state and location of Gallium within the ZSM-5 catalyst should be elucidated with 

other techniques (e.g. IR and MAS-NMR) combined with DFT calculations. In this work, 

it is suggested that the Ga/HZSM-5 enhances aromatic production by increasing the rate of 
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decarbonylation (e.g. furan conversion into allene) and olefins aromatization (See Figure 

6.15). However, it has also been shown that Ga/HZSM-5 has high rates of 

dehydrogenation and light alkane aromatization [200]. Therefore, more mechanistic studies 

will provide a better insight into the exact role of Ga species on the CFP reaction. It is 

likely that fundamental understanding of these catalyst properties on the CFP reaction will 

lead to the development of new zeolite catalysts for efficient conversion of biomass into 

aromatics. 
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